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Abstract

An industrial scale heptane hydroisomerization process was simulated based on a concept of two reactors and a zeolite membrane. A product
stream containing tribranched, and part of the dibranchdddiners with octane number up to 92 is predicted. The economics of the process
shows an investment cost of 40 million euros, with the membrane unit as the main cost driver. The technical and economical feasibility of this
industrial scale heptane hydroisomerization process depends mainly on further development and performance of zeolite membranes.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction heptane hydroisomerization process using zeolite membrane
is shown, aiming the production of high octane number hep-
Regulations to minimise the adverse impact of automotive tane isomers. Besides the technical aspects of the process
fuel combustion on the environment have resulted in the needinvolving mainly the reaction and the membrane separation
for changes in the automotive fuel composition worldwide. sections, the economics of the process is also evaluated. If
The challenge faced by refiners is to produce environmen- essential data is missing in the early stage of process eval-
tally friendly gasoline with sufficiently high research octane uation, reasonable assumptions have to be made, which of
number (RON). Inthe oilindustry£and G paraffinsaretyp-  course have to be confirmed by experiments if the evaluation
ically used in hydroisomerization units to obtain high octane is favourable. Early feasibility studies, based on literature
number components. Paraffins larger thgrsich as heptane  data, preliminary experiments or reasonable assumptions, are
are usually present in catalytic reforming feed streams andessential to identify the key parameters and to give guidance
converted into aromatic compounds. Since regulation aimstowards promising technologi¢s].
to reduce aromatic components in gasoline an alternative for
the use of the higher alkanes is hydroisomerization. Besides
the isomerization reaction the separation of high-octane value
isomers from lower ones is also of great importance in the
hydroisomerization process. There are numerous experimen-
tal efforts published on heptane isomerization, however, on
heptane isomer separation literature data is scarce. Currentl
no commercially operating process for the hydroisomeriza-
tion of heptane exists. In this work a preliminary design of a

2. Process concept

Nobel metal supported zeolite type catalysts are often used
for n-heptane hydroisomerization. The selectivity towards
3ﬁeptane isomers using these catalysts depends on various fac-
tors such as: acid/metal site raffj zeolite structure and ze-
olite acid strengtfi3,4]. If the catalyst is too acidic, cracking
of mainly multibranched isomers is enhanced. On the other
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Nomenclature

ac
a
am

[A],[B] concentration of componeA&andB (mol m~3)

d

Eaj. Ea—j activation energy of forward)and back-

Fe
FL
Ji

koj, Ko—j Arrhenius parameter of forwarg) @nd back-

ke
kco

Greek letters

B
Vi

IT;

cross sectional area for gas flow{m
cross sectional area for liquid flow &n
membrane area (M

diameter of membrane tubes or monolith chan-

nel (m)

ward (—j) reaction (kJ mot?1)

molar flow of gas stream (mot$)

molar flow of liquid stream (molst)

flux of componenti through membrane
(molm=—2s71)

ward (—j) reaction (s1)

rate constant of cracking(3)

Arrhenius parameter for cracking reactio
(s

rate constant of reactigr(s™?)

equilibrium constant of reactign dimension-
less

total length of membrane unit (m)

average molar mass of
(molkg™1)

number of membrane tubes or monolith cha
nels

pressure in gas stream (Pa)

pure component vapour pressure in liquid
stream (Pa)

rate of cracking (molm3s-1)

reaction rate of reaction(molm—3s1)

ideal gas constant (P&mol~1 K1)

spacing of membrane tubes (m)
temperature (K)

velocity of gas stream (m$)

velocity of liquid stream (m3s?)

volume of membrane unit (M

mole fraction of component i in liquid stream
dimensionless

mole fraction of component i in gas strean
dimensionless

axial space coordinate, dimensionless

constant, with value 2 for countercurrent and
for cross-flow configuration

activity coefficient of component i in liquid
stream, dimensionless

permeance of componéarfmol m—2s~1 Pal)
average density of liquid stream (kgm})

liquid strear
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Fig. 1. Heptane hydroisomerization block scheme.

of n-heptane we propose a concept that uses two reactors,
each with a different type of catalyst, and a separation unit
composed of a zeolite membrane (B&g 1). The firstreactor
contains a strong acidic bifunctional type catalyst and aims
to convert sequentiallp-heptane to mono- and dibranched
isomers. The second reactor is used to convert preferably
2,4-dimethylpentane into 2,2,3-trimethylbutane. According
to the protonated cyclopropane (PCP) mecharsph®,4-
dimethylpentane is the main source for the formation of
2,2,3-trimethylbutane, the isomer with the highest RON (see
Table J). The catalyst used must be a moderate to weak acidic
bifunctional type so that cracking of dibranched components
is not enhanced while the formation of 2,2,3-TMB is pro-
moted. Examples of catalysts for the first and second reactor
are platinum loaded hydrogen-beta zeolite (Pt/H-BEA) type,
which can have relatively high conversion and selectivity to-
wards isomerization and less crackidy, and nickel loaded

on high area silica-alumina (Ni/ASA) tyd®8], respectively.
The separation unit is used to separate the final product of
the process composed of the dibranched 2,2-DMP, 3,3-DMP
and tribranched 2,2,3-TMB, from smaller components, es-
pecially 2,4-DMP that is send to the second reactor. Sepa-
ration by distillation is rather difficult as can be seen from
the boiling point data iMable 1 A zeolite membrane with a
channel aperture of approximately 0.52 5r9.58 nm in the
orthorhombic phasg.0] can be applied for this kind of sepa-
ration. Assuming absolute separation within a perfect zeolite

Table 1
Kinetic diameter, boiling point and RON of heptane isomers
Component Kinetic Boiling RONP
diameter  point (K)
(nmp
n-Heptane 1¢-C7) 0.43 3715 @®
2-Methylhexane (2-MHXx) 0.50 363.0 @»
3-Methylhexane (3-MHXx) 0.50 365.0 92
3-Ethylpentane (3-EP) 0.50 366.5 .65
2,3-Dimethylpentane (2,3-DMP) 0.56 362.7 .91
2,4-Dimethylpentane (2,4-DMP) 0.56 353.4 .83
2,2-Dimethylpentane (2,2-DMP) 0.62 352.2 .82
3,3-Dimethylpentane (3,3-DMP) 0.62 359.0 .80
2,2,3-Trimethylbutane (2,2,3-TMB) 0.62 353.8 109

26,7].
b 18].
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membrane, only the small molecules can permeate through
the channel aperture. Thus, the di- and tribranched isomer
products with their diameter of 0.62 nm will not enter the Liquidin
channels, while smaller molecules will permeate through the
pores. Note that the values of the kinetic diameters given in

Table 1should be viewed as qualitative indications, since g hydrogen separation membrane to the second distillation
the concept of the kinetic diameter is based on simplified column. Within an overall refinery process, the lighter and
spherical representation and rigidity of a molecule or of a heavier hydrocarbons separated in the distillation columns,
framework[11]. could be used in state of the art/Cg hydroisomerization
process and the reforming process, respectively.
Experimental data frorf8] and[9] were used as a basis to
3. Process description and simulation obtain kinetic data. For hydroisomerization a first order reac-
tion rate was assumed. The cracking reactions were assumed
A process simulation was performed based on the tobefirstorderinreactantand zero orderin hydrogen. There-
proposed concept of two reactors and a separation unit.action models used are simple and do not increase simulation
Fig. 1 shows the process block scheme. The process flowcomplexity.
scheme has been previously preseftétjl3]and is shown For the membrane simulation a countercurrent pervapo-
in Fig. 2 As feed to the process hydrogen was used as well ration model was used. By using this model it is assumed
as a simplified industrial naphtha feed with a RON of 57. that the individual components do not influence each other’s
The hydrocarbon feed containe@,@; and G linear and fluxes.Fig. 3shows a schematic view of the membrane unit.
branched alkanes. The;Gcomponents comprised about Permeance data were estimated from experiments performed
40wt.% of the feed. The throughput of the feedstock was in our laboratory{14] and also from the experimental work
assumed 907 metric tonne per day, comparable to that ofof Flanders et al[15]. 2,3-DMP and 2,4-DMP were consid-
existing G/Cg isomerization processes (between 600 and ered the slowest permeating components and the recovery
1200 metric tonne per day). The distillation train shown in of these species was set greater than 98% at the membrane
Fig. 2is composed of three distillation columns. The purpose outlet.
of the first two columns is to separate thef@ction from the The reactor and membrane operation conditions set for
heavier and lighter hydrocarbons, while the third column is process simulation are specifiedliable 2 The process sim-
used to separate the multibranched from the linear and mono-ulation was performed using Aspen and Excel, and different
branched @ components. The recycle stream is send via membrane design configurations were calculated.

Gas out Gas in

Liquid out

Fig. 3. Schematic view of the membrane unit.
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Fig. 2. Heptane process flow scheme.
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Table 2
Reactor and membrane operation conditions
Reactor 1 Reactor 2 Membrane
Reactor/membrane model Plug flow adiabatic Plug flow adiabatic Countercurrent plug flow
Temperature (K) 473 573 458
Pressurex 10° Pa) 9.5 10 10 at feed side, 1 at permeate side
Hx/hydrocarbon molar ratio 8 4 -
4. Results and discussion In Table 3the Arrhenius parameters and activation energies

of the forward and backward isomerization reactions used in
The focus of the results and discussion presented belowthe simulation are given.
will be mainly on the reactors, the product separation mem-  Besides isomerization reactions cracking reactions were
brane and in lesser extend on the hydrogen separation memtaken also into account, with mainly propane and isobutane
brane. The economics of the process will be highlighted as as the cracking products. It is found in literature that multi-

well. branched isomers are preferably cracked and that hydroiso-
merization and cracking occurs in consecutive steps as shown
4.1. Reactor design in the reaction scheme beld&/7]:
n-alkane= MB = MTB — CR (16)

Assuming the PCP mechanism feC; isomerization, the
following reactions are mechanistically possible: MB stands for single branched, MTB for multibranched and
CR for cracked alkanes. The cracking reactions where as-

n-C7 < 2-MHx 1) sumed to be first order in reactant. The rate of cracking for a
n-Cy < 3-MHXx ) componen# is given by:
2-MHx <> 3-MHx @)  rc=kclAl (17)
2-MHX < 2. 2-DMP @) The cracking coefficieritc is assumed to be only a function
' of the degree of branching:
2-MHx < 2, 3-DMP 5
®) kc.n-c; < kemB < kc,mTs (18)
2-MHx « 2, 4-DMP ©) This assumption is valid for the first reactor that uses a
3-MHx « 2, 3-DMP (7 stronger acidic catalyst with a relative high cracking ability.
As input for the reactor simulation, the activation energy used
3-MHx <« 3,3-DMP (8) for the cracking reactions was 175 kJ mblIn Table 4the
Arrhenius parameters are given for the first reactor. Because
3-MHx < 3-EP ©) of the moderate acid catalyst used the cracking ability of the
2,2-DMP « 2, 3-DMP (10) second reactor should be lower, using therefore the Arrhenius
parameter of 1.56& 102 s~ for all reactant, excluding-C7
2,3-DMP < 2,4-DMP (11) (kco=0s"1). Zero order in hydrogen was assumed in the re-
2 3-DMP < 3.3-DMP (12) actions. Simulations using the reaction models within a plug

flow reactor consideration resulted in the product distribution

2,4-DMP < 2,2,3-TMB (13) of the reactors effluent given ifable 5 The total amount of
feed to the first and second reactor was 1813 and 1033 metric

For the reaction§l)—(13)kinetic equations can be derived. tonne per day, respectively. The estimated amount of cata-

For a reaction A~ B this equation holds: lyst and the reactors dimensions together with other reactor
k: specifications are given ifable 6 Because of their large
rj =kj[A] — ?"[B] (14) scale and ease of design and operability, both reactors used
J

in the process, are fixed bed reactors. The short residence

Kj can be obtained from equilibrium compositions at the stud- time distribution of these reactors favours a high selectivity.
ied temperature. First order reaction rates were assumed. IrBoth reactors are operated adiabatic and in gas phase.
literature first order reaction rate for hydroisomerization of
heptane is described in the work of El Kady ef&6]. Using 4.2. Membrane design
a plug-flow reactor for process simulation, Arrhenius param-
eters and activation energy data were used as input: A countercurrent membrane pervaporation model is used

_Ea/RT for the membrane design. In pervaporation, the driving force
kj = ko e " (15) is the difference in partial pressure on the gas side and the
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Table 3
Arrenhius parametell) and activating energiesa for forward () and backward-{j) isomerization reactions
Reaction ko (x10*2s71) (reactor 1) ko (x108s71) (reactor 2) Ea (kJ mol?1)
koj ko~ koj ko~ Eaj Ea-j

1) 4330 9640 2660 6530 135.5 142.2
2) 5290 6460 009 011 136.3 139.8
3) 7140 3920 4840 2400 139.3 136.0
4) 3560 7140 001 029 131.2 141.5
(5) 3210 7140 006 013 137.7 137.4
(6) 1070 10700 655 7220 1335 139.1
) 9.67 3920 004 016 135.6 138.5
(8) 053 1070 2660 59000 131.7 139.4
9) 0.08 1310 439 65200 126.6 139.4
(20) 8730 087 036 003 143.7 133.2
(11) 2380 10700 10800 4830 1345 140.3
(12) 1950 9640 8820 48300 134.6 139.3
(13) 7140 2150 79600 21700 146.1 135.4
Table 4 Table 6
Arrenhius parameters used for cracking reactlqp)in the first reactor Reactor specifications
Reactant kco (x 1016571y Reactor 1 Reactor 2
Linearn-C; 5.59 Reactor type Fixed bed Fixed bed adiabatic
Monobranched B6 adiabatic
Dibranched 1020 Temperature (K) 473 573
Tribranched 40 Pressure % 10° Pa) 9.5 10

Pressure drop{10° Pant?) 0.06 0.025

Length (m) 14 14

o Diameter (m) 3.7 4.2
vapour pressure on the liquid side of the membrane. The flux Catalyst Pt/H-BEA NI/ASA (5 wt.% Ni)
in pervaporation can be calculated using the driving force _ (0.5wt.% Pt)
and the permeance value of the specific component for theCatalyst mass (metric tonne) 150 194
e . . .. p (M 0.003 0.001 (sphere)
specific membrane. By using this model it is assumed that the (sphere)
individual components do not influence each other’s fluxes.
Ji = i(xiyi P$— y; P) (19) Component balance for the liquid stream:
L

d(FiLx;) sat

The mass balances can be specified using the countercurrent—— = i(xivi ;™" — yiP)am (20)

plug-flow model Fig. 3). Both the composition and the total
flow of both streams change and have to be integrated overComponent balance for the gas stream:

the length of the membrane. d(Feyi

GYi)

% = = Ii(xiy; PP~ yi P)am (21)
Table 5 And the total mass balance:
Reactor product distribution (wt.%) dF dFg t

Reactor 1 Reactor 2 d_z = d_z = Z IT;(x;yi PP —yi P)a (22)
Feed Product Feed Product !

H, 138 137 75 74 Evaluation of the mass balance equations yields the required
Propane ® 35 0.0 05 membrane areay;). To evaluate these equations permeance
Isobutane ® 46 00 07 data for the components is required. Vapour permeation ex-
n-Cs 222 114 34 46 periments performed in our laboratory with Rixtures gave
2-MHXx 24.1 209 303 290 t353 K | f4(0]_0_10 I _2 1 P 1
3-MHx 250 202 192 182 a permeance val ugs 0 0 mo 1m s Pa
2,2-DMP Q0 57 00 00 for2,4-DMP and 4.4 10-° molm—<s™ = Pa - for linear G,.
2,3-DMP a3 6.6 120 141 At a temperature of 393K the double branched permeance
2,4-DMP 01 6.0 249 146 was 1.6x 10 2molm2s1Pal and the linear € perme-
3,.3-DMP 16 34 00 42 ance was 7.% 10-8molm—2s-1Pa ! [14]. An increase of
3-EP 27 25 14 16 i ing t i b qf
223 TMB Q0 04 00 37 permeance with increasing temperature was observed for

the double branched and the linear heptane. A silicalite-1
Others 12 11 13 14

membrane with a thickness of about 2@0° nm was used.
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Literature data on the separation of heptane isomers is scarct
making it difficult to compare our data with literature. How-
ever, when comparing with literature data of,Ghe per-
meances are in the same order of magnitiidg. Flanders
et al.[15] compared pervaporation with vapour permeation
and their results showed that the double-branched perme-
ance for pervaporation was an order of magnitude higher
than vapour permeation. The authors also observed relative
constant permeance behaviour of the dibranched component:
with increased driving force. If we extend those finding to our
work, the permeance of the 2,4-DMP would be in the order of
10-8 applying pervaporation. So, in the equations permeance
of 1 x 10-8 molm—2s~1 Pa ! for the double-branched com-
ponents was used. For the boundary conditions at the inlet,
the process streams coming from the distillation column and
the hydrogen separation membrane were usedRgpe?).
Mainly multibranched components were considered with 2,3-
DMP and 2,4-DMP as the slowest permeating species. The
boundary condition set at the outlet was that the recovery
of the slowest permeating species should not be greater thar
98%. The vapour pressure of 8«QL0° and 9.8x 10P Pa for
2,3-DMP and 2,4-DMP were used, respectively, at the op-
eration temperature of 458 K. The solution of the equations
yields a membrane area of about 20,000 Meindersma
and de HaaffiL 8] in their work on aromatic compounds sep-
aration using zeolite membranes estimated membrane area
ranging from 60,800 to 136,500Pdepending on the purity
requirement. A feed of 300 metric tonne per hour was used in
their work, which is about six times higher than the amount
of feed sent to the membrane unit of the present work. The
estimated membrane areas given above are currently not proz,
duced commercially for zeolite membrane units. The first 9%'%‘
large-scale pervaporation plant using zeolite membrane put
into industrial operation has a total membrane area of about
60 n? [19]. The zeolite that is used is the NaA-type zeolite.
The feed flow to the pervaporation plant is 0.48 metric tonne Go®
per hour with water content of 10 wt.%. Thus, the technical
feasibility of the proposed-heptane process in this work is
restricted by further development of zeolite membranes on a
larger scale.

For the calculation of the dimensions of the membrane unit _ _ _ .

. . Fig. 4. Different membrane configurations: (a) shell and tube membrane
different geometries can be used to apply membrane teChnOI'unit (top view); (b) countercurrent monolith; (c) cross-flow monolith. The
ogy in industrial practice. The most straightforward solution gark areas indicate liquid flow inside the tube/channels.
is the shell and tube configuratioRig. 4a). It is similar to
a countercurrent heat exchanger but here mass is exchanged. o )

One of the disadvantages is the large internal volume of the [23:241shown inFig. 4c. In this structure cross flow can be

unit (low membrane surface to unit volume ratio). Monolith €Stablished because each layer of channels is rotated’by 90
structures, however, have a very high surface to volume ratio. BY Intérconnecting multiple units one can approach coun-
They consist of a large number of parallel square Channebtermgrrent_operatlon. The dimensions of t.he_sheII ar_wd _tube
with sizes ranging from 10 to 100 cells per square inch. Re- configuration are calculated as follows (liquid flow inside

search of MFI type membranes on monolith used to separatetne Pes):
light alkanes is already in developmd@b—22] Although

(b)

am

in theory these structures can be applied in countercurrent” = ZdL (23)
mode Fig. 4b) it will have practical difficulties to connect all
individual channels to the corresponding process streams. Aa _r d2n (24)

feasible solution is the use of cross-flow monolith structures = 4
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\/§ . Table 8

ac = 7szn — Zdzn (25) Specification of the hydrogen separation membrane
Membrane type Cross-flow monolith
V =(aL +aG)L (26) Membrane area 3647°m
. § i . Channel size 0.002m

For both monolith configurations the equations are: No. of channels 6.% 10° channels

am Unit volume 7.3m
n=or 27) Gas velocity 44mst

B Reynolds number (gas) 1878

a. =ag = %dzn (28)
V = (a +ac)L (29)  2x10°°molm 2s'Pa! at temperatures around 473K.

_ Methane permeance was more than 500 times smaller, and
Of course, the smaller the tube or channel diametgrtile molecules larger than methane were completely blocked. On
higher the surface to volume ratio will be. This results in a the assumption that the same type of membrane is used in
very compact membrane unit design. However, by narrowing the present work, thus only hydrogen permeates through the
the tubes, gas and liquid velocities will increase and so will membrane, and applying the permeance daf25if a mem-
the pressure drop. This is an important factor for designing prane area of around 400¢was estimated. The pressures
membrane units. The liquid velocity is calculated as follows: at the feed and the permeate side of the membrane were

AM 8.6x 10° and 5.6x 10° Pa, respectively. The operation tem-
uL = L (30) perature of the membrane was 506 K. For the design of the
hydrogen separation membrane a cross-flow monolith mem-
And for the gas velocity: brane was considered. The estimated dimensions are given
vo FGRT (31) in Table 8
Pag

- ) 4.3. Overall simulation
Inthe present work the limiting factors are not the fluid veloc-

ities but the minimal dimensions of current membrane units. The total process simulation with the 907 metric tonne

For ino_lustrial tubes this is around 1in._tube diameter and for per day of feedstock resulted in 220 metric tonne per day
monoliths about 0.0025 m channel size. The results of the of product with RON of 92 containing mainly 2,2,3-TMB,

calculations are shown ifable 7 For the shell and tube op- 5 5_pMP and 3.3-DMP with a weight composition of 19

tion a total volume of 6_2 mis estimat.ed. Fogr.units with a 46 and 34%, respectively. The amount of product compared
length of 10 m are required, each unit containing 6400 tubes , the feed is rather low, about 24%, because of the initial

of 1in. diamertgr. For thg cros;-floyv monolith option a to'tal separation of gand G components. However, there was a
volume of 50 n1 of monolith units with 0.0025 m channels is RON upgrading of 35 points from feed to product.

required. In this case the liquid velocity is 0.0015m sind
the gas velocity is 2.2 nT$. The Reynolds number on the
gas side is about 1650, indicating a low pressure drop. As the

ross-flow structure gives more favourable results than th . L
cross-flow structure gives more favourable results than the Simple measurements of cost estimation were usedto eval-

Sh?:” arlg tuEe dstructure, It Wats_ chosen It? the design. uate the process economics. The total investment was calcu-
i or del y roge(;] ;epara ‘on rgetmfrarr]]eda gas Separsicelted as the sum of the fixed and working capital. Using the
lon modelwas used. Fermeance data for hydrogen was o Lang factorial method the fixed capitaly) is estimated as a
tained from[25]. The authors used silica membranes with

a thickness of 30 nm. The hydrogen permeance was aboutfunctlon of the total purchase cost of equipments (PE).

4.4. Economics

C; =3.7PCE (32)

Table 7 The PCE cost estimated is 9.5 million euros. The cost dis-
Specifications for two types of membrane configurations tribution is shown irFig. 5. The fixed capital cost estimated

Shell and tube system  Cross-flow monolith  is 35 million euros. Considering the working capital 15% of
Membrane area 20,000(m 20,000 n? the fixed capital, the total investment will be 40 million eu-
Channel size 0.025m (tube i.d.) 0.0025m (100 CPSI) ros. This value is much higher compared to those reported
No. of units 4 1 in [27] for different G5/Cg hydroisomerization plants. As an
Ezi'to\f(‘)’lni::els perunit 62?’\26 tubes SOX??OG channels example, a UOP Penex/Molex plant with a similar feed pro-
Unit dimensions 10mx 2.8m AmxAmx3.1m cessing capacity has an investment of about 23 million euros.
(LxDorL x Wx H) The main cost driver as can be seen frbig. 5is the mem-
Liquid velocity 0.0007 ms! 0.0015ms* brane. The price per square meter of membrane was set 200
Gas velocity 1.0mst 22ms*t euros, which is around 10% of the value of currently commer-
Reynolds number (gas) 7500 1650

cialised zeolite A type membrang23], on the assumption
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Membranes
42%
Distillation
columns Compressors
18% Heat Exchangers ?8“/
17% d
Furnace
3% Pumps Reactor vessels
1% 1%
1 2 3 4 5 6 7

Fig. 5. Equipment cost distribution.

that future progress made on zeolite membrane module in-costs may be affected significantly, increasing the economic
stallation will reduced the cost by a factor of around 10. A viability of the process.

more economically feasible situation would be if the devel-

opment on zeolite membrane modules would reach the same _

stage as for polymer membrane reducing the price to values®: €oncluding remarks

around 20-25 euros per square meter, which is currently the . o . .
price for state of the art, hollow fibre moduli29)]. Using a simplified feed, reaction and separation data a de-

To visualise the financial impact of the different items on Sign of a heptane hydroisomerization process is developed. A
the process a product based cost (cash) factor scheme is séptal amount of 907 metric tonne per day of feed is processed
up and shown irFig. 6. The factors are defined as the total from which 220 metric tonne per day of product is formed.
price (cost) of determined item divided by the total price of Thisisalow productyield, however, there is an improvement
the product. The items going into the process are the cost,iN résearch octane number from 57 up to 92. The investment
while those coming out provide the cash. The process feedC0St of the process is 40 million euros, which is higher than
has a high impact on the cost. This is basically because ofState of the art §Ce hydroisomerization processes. The lim-
the low product yield of the process. 4.1 metric tonne of feed |t_at|ons of the design are the relatively simple models used to
is used to produce 1 metric tonne of product. In contrast the S|m_ulate the reactors and membranes._Fortheflrst heptane hy-
importance of the by-products in providing cash is shown by fjr0|somer|zat|on process to be operational a few bottlgnecks
its factor of 1.85. The impact of the utilities is significant N the process development have to be solved. These include:
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and electricity usage. Moreover, the investment and operationS&paration of mono- from multibranched isomers and (3) de-
velopment on industrial scale of large surface area, high qual-

ity (MFI) zeolite membranes. Furthermore, the importance

el el Cooking ¢ e ctricity of hydrogen for the process should be further explored. Hy-

drogen affects the hydroisomerization/cracking reactions. A

034 002 | 002 |o0.15 low amount of hydrogen sufficient enough to promote iso-

merization and suppress cracking could reduce reactor vol-

Feed 00 100 Produc ume and mainly compressor duty, decreasing utility cost. In
o 0.01 Puge the design no conside_ration_wa; made wit_h respect to cyc_lic

H, 002 H)‘z.fm-.l,'.’\'Tnmeri:atim.’ |48 . compounds,l hpwever mvgstlgatlon on the influence of cyclic
——p Lights compounds is important since these compounds are generally

Catalyst 011 036 o Heavies presentin naphtha feed streams. As there is space for optimi-

sation, a heptane hydroisomerization process containing the
Fig. 6. Product based cost (cash) factor scheme. concept of two reactor and a membrane has potential for RON
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